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Abstract: In this research, gas velocity, initial static bed height and particle size 
effect on hydrodynamics of a non-reactive gas–solid fluidized bed chamber were 
studied experimentally and computationally. A multi fluid Eulerian model 
incorporating the kinetic theory for solid particles was applied to simulate the 
unsteady state behavior of this chamber and momentum exchange coefficients 
were calculated by using the Syamlal- O’Brien drag functions. Simulation results 
were compared with the experimental data in order to validate the CFD model.
Pressure drops predicted by the simulations at different particle sizes and initial
static bed height were in good agreement with experimental measurements at 
superficial gas velocity higher than the minimum fluidization velocity. Simulation 
results also indicated that small bubbles were produced at the bottom of the bed. 
These bubbles collided with each other as they moved upwards forming larger 
bubbles. Furthermore, this comparison showed that the model can predict 
hydrodynamic behavior of gas solid fluidized bed chambers reasonably well. 

1. INTRODUCTION

Fluidized bed driers and chambers are used in a wide range of applications in various 
industrial operations, including chemical, mechanical, petroleum, mineral, and 
pharmaceutical industries. Understanding the hydrodynamics of fluidized bed chambers is 
essential for choosing the correct operating parameters for the appropriate fluidization 
regime [1-4]. Computational fluid dynamics (CFD) offers an approach to understanding 
the complex phenomena that occur between the gas phase and the particles. The 
Eulerian-Lagrangian and Eulerian-Eulerian models have been applied to the CFD 
modeling of multiphase systems. For gas-solid flows modeling, usually, Eulerian-
Lagrangian are called discrete particle models and Eulerian-Eulerian models are called 
granular flow models. Granular flow models (GFM) are continuum based and are more 
suitable for simulating large and complex industrial fluidized bed chambers containing 
billions of solid particles. These models, however, require information about solid phase 
rheology and particle-particle interaction laws. In principle, discrete particle models 
(DPM) can supply such information [5-8]. DPMs in turn need closure laws to model fluid-
particle interactions and particle-particle interaction parameters based on contact theory 
and material properties. In principle, it is possible to work our way upwards from direct 
solution of Navier-Stokes equations. Lattice-Boltzmann models and contact theory to 
obtain all the necessary closure laws and other parameters required for granular flow 
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models. However, with the present state of knowledge, complete a priori simulations are 
not possible. It is necessary to use these different models judiciously. Combined with key 
experiments, to obtain the desired engineering information about gas-solid flows in 
industrial equipment. Direct solution of Navier-Stokes equations or lattice Boltzmann 
methods are too computation intensive to simulate even thousands of solid particles. 
Rather than millions of particles, DPMs are usually used to gain an insight into various 
vexing issues such as bubble or cluster formations and their characteristics or 
segregation phenomena. A few hundred thousand particles can be considered in such 
DPMs [4, 5, 7].  
Multiphase flow processes are key element of several important technologies. The 
presence of more than one phase raises several additional questions for the chamber 
engineer. Multiphase flow processes exhibit different flow regimes depending on the 
operating conditions and the geometry of the process equipment. Multiphase flows can 
be divided into variety of different flows. One of these flows in gas-solid flows. In some 
gas-solid chambers (fluidized chambers); gas is the continuous phase and solid particles 
are suspended within this continuous phase. Depending on the properties of the gas and 
solid phases, several different sub-regimes of dispersed two-phase flows may exist. For 
relatively small gas flow rates, the drier  may contain a dense bed of fluidized solid 
particles. The bed may be homogenously fluidized or gas may pass through the bed in 
the form of large bubbles. Further increase in gas flow rate decreases the bed density 
and the gas-solid contacting pattern may change from dense bed to turbulent bed, then 
to fast-fluidized mode and ultimately to pneumatic conveying mode. In all these flow 
regimes the relative importance of gas-particle, particle-particle, and wall interaction is 
different. It is, therefore necessary to identify these regimes to select an appropriate 
mathematical model [5-9].  
The fundamental problem encountered modeling of these chambers is the motion of two 
phases where the interface is unknown and transient, and the interaction is understood 
only for a limited range of conditions. Also, a large number of independent variables such 
as particle density, size and shape can influence hydrodynamic behavior [2,3,5]. 
Taghipour et al. [8] have conducted experimental and computational studies of gas–solid 
fluidized bed chamber hydrodynamics. The simulation results were compared to those 
obtained from the experiments. The model predicted bed expansion and gas–solid flow 
patterns reasonably well. Furthermore, the predicted instantaneous and time-average 
local voidage profiles showed similar trends with the experimental results. Kaneko et al. 
[9] developed a DEM simulation code incorporated with the reaction and energy balances 
based on the soft sphere interaction at particle collision for a fluidized bed olefin 
polymerization. Heat transfer from particles to the gas was estimated using Ranz–
Marshall equation. Their results were fairly realistic concerning particle and gas 
temperature behavior and also the bubbling behavior in a gas fluidized bed at elevated 
pressure. Hot spot formation was observed on the distributor near the wall of the 
fluidizing column.  
Huilin et al. [10] studied bubbling fluidized bed with the binary mixtures applying multi-
fluid Eularian CFD model according to the kinetic theory of granular flow. Their simulation 
results showed that hydrodynamics of gas bubbling fluidized bed are related with the 
distribution of particle sizes and the amount of dissipated energy in particle–particle 
interactions. Behjat et al. [11]  simulated a gas–solid fluidized bed, based on the Eulerian 
description of the phases and multiphase fluid-dynamic model. They assumed that solid 
particles release a constant value of heat and fine polymer particles have higher activity 
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and generate more heat than coarse particles. Their results indicate that considering two 
solid phases, particles with smaller diameters have lower volume fraction at the bottom 
of the bed and higher volume fraction at the top of the bed. In addition, it was revealed 
that bed expansion was larger when a bimodal particle mixture was applied compared 
with the case of mono-dispersed particles. Also, gas temperature increases as it moves 
upward in the chamber due to the heat of polymerization reaction leading to the higher 
temperatures at the top of the bed. 
Chiesa et al. [12] have presented a computational study of the flow behavior of a lab-
scale fluidized bed. They have also compared experiments results of a two-dimensional 
lab-scale bubbling fluidized bed with their computational results. Their results showed, 
when Eulerian and Lagrangian approaches were applied, the numerical simulations led to 
a rather similar pattern with the experimental data. These simulation results were much 
closer to the experimental results than the results of the continuous model. Gobin et al. 
[13] numerically simulated a fluidized bed using two-phase flow method. In their 
research, time-dependent simulations have been performed for industrial and pilot 
chamber operating conditions. The numerical predictions are in good qualitative 
agreement with the observed behavior in terms of bed height, pressure drop and mean 
flow regimes. Van Wachem et al. [14] verified experimentally Eulerian-Eulerian gas-solid 
model simulations of bubbling fluidized beds with existing correlations for bubble size or 
bubble velocity. A CFD model for a free bubbling fluidized bed was implemented in the 
commercial code CFX. This CFD model was based on a two fluid model including the 
kinetic theory of granular flow. CFD simulation of fluidized bed chamber has also been 
conducted by Fan et al. [15] focusing on the chemical kinetic aspects and taking into 
account the intra-particle heat and mass transfer rates, poly-disperse particle 
distributions and multiphase fluid dynamics. Gas–solid heat and mass transfer, 
polymerization chemistry and population balance equations were developed and solved in 
a multi-fluid code (MFIX) in order to describe particle growth. Also, Zhong  et. al. [16] 
studied the maximum spoutable bed heights of a spout-fluid bed packed with six kinds of 
Geldart group D particles were. They obtained the effects of particle size, spout nozzle 
size and fluidizing gas flow rate on the maximum spoutable bed height. Their results 
shown that the maximum spoutable bed height of spout-fluid bed decreases with 
increasing particle size and spout nozzle size, which appears the same trend to that of 
spouted beds. Lettieri  et al. [17] used the Eulerian–Eulerian granular kinetic model 
available within the CFX-4 code to simulate the transition from bubbling to slugging 
fluidization for a typical Group B material at four fluidizing velocities. Results from 
simulations were analysed in terms of voidage profiles and bubble size, which showed 
typical features of a slugging bed, and also good agreement between the simulated and 
predicted transition velocity.  
Despite many studies on the modeling and model evaluation of fluidized-bed 
hydrodynamics, only a few works have been published on the CFD modeling and model 
validation of combined chamber hydrodynamics. Also, only limited number of works has 
been reported on the successful CFD modeling of fluidized bed hydrodynamics, so in this 
research, hydrodynamics of two-dimensional non-reactive gas–solid fluidized bed 
chamber were studied experimentally and computationally. A multi fluid Eulerian model 
incorporating the kinetic theory for solid particle was applied in order to simulate the 
gas–solid flow at different solid particle diameter. Simulation results were compared with 
the experimental data in order to validate the model. 
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1. EXPERIMENTAL SET-UP

Experiments were conducted in a Pyrex cylinder with 100cm height, 25 cm diameter as 
shown schematically in Figure 1 (A). The distributor consisted of a perforated plate of 
open area ratio 0.8%. Spherical particle of 175, 275 and 375 m�  diameter and density 
2500 kg/m3 were fluidized with air at 1 kpa pressure. The static bed height was 44cm 
with a solids volume fraction of 0.5. The distributor consisted of a perforated plate of 
open area ratio 0.8%. A blower supplied the fluidizing gas.  
 

 

 
 
                                   (A)                                                                    (B) 
Figure 1. (A): A view of experimental set-up (1- digital camera, 2-digital video recorder, 3- Pyrex 
chamber, 4- pressure transducers, 5-thermocouples, 6- computer , A/D and DVR cards, 7- 
electrical heater, 8-rotameter, 9-blower, 10- filter, 11-14- cooling system, 15- controller system) 
(B): Geometry, meshing of fluidized bed chamber and pressure transducers position. 
 

A pressure-reducing valve was installed to avoid pressure oscillations and achieve a 
steady gas flow. The gas flow rates were measured by an air rotameter. Pressure 
fluctuations in the bed were obtained by three pressure transducers. Also, for controlling 
and monitoring the fluidized bed operation process, A/D, DVR cards and other electronic 
controller system were applied.  The ratio of the distributor pressure drop to the bed 
pressure drop exceeded 11% for all operating conditions investigated. Figure 1 (B) shows 
pressure transducers position. The overall pressure drop and bed expansion were 
monitored at different gas velocity. A digital camera (Canon 5000) and a digital video 
recorder (SAMSUNG, SDC-415) were employed to photograph the flow regimes and 
bubble formation through the transparent wall during the experiments. 

2. NUMERICAL PROCEDURE

2.1. Governing Equations 
 

The governing equations of the system include the conservation of mass and momentum. 
Equations of solid and gas phases were developed based on Eularian-Eularian model 
using the averaging approach. By definition, the volume fractions of the phases must 
sum to one: 1�� sg ��                                                                                          (1) 
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The continuity equation for gas and solid phases without mass transfer between phases 
respectively are: 
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Where   is Reynolds stress tensor, g is gravitational constant and ))(( sggss p ����
��

���� is 
an interaction force (drag and buoyancy forces) representing the momentum transfer 
between gas and solid phase [5, 8].  
Several drag models exist for the gas-solid inter phase exchange coefficient gs� . In this 

research Syamlal-O’Brien drag model was used [17, 18]. The drag law of Syamlal-
O’Brien is based on the measurements of the terminal velocities of particles in fluidized 
or settling beds. The inter phase exchange coefficient is expressed as 
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And srv , , a terminal velocity correlation, is expressed as 
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The stress tensor for the gas phase is given by ggg IP � ���                                   (8)  

where Pg is the pressure. The viscous stress tensor, g� , is assumed to be of the 

Newtonian form ( I is the identity tensor , gD is the strain rate tensor for the gas phase) 
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Granular flows can be classified into two distinct flow regimes: a viscous or rapidly 
shearing regime, in which stresses arise because of collisional or translational transfer of 
momentum, and a plastic or slowly shearing regime, in which stresses arise because of 
coulomb friction between grains in enduring contact. In this work, a combination of 
viscous and plastic regime was applied to investigate the behavior of granular flow. 
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where Ps is the pressure and s� is the viscous stress in the solid phase. The superscript p 

stands for plastic regime and v for viscous regime. In fluidized-bed simulations, *
g"  is 

usually set to the void fraction at minimum fluidization [15].  
The granular pressure and the granular stress are given by   
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where v
s� , the second coefficient of viscosity for the solid phase and the factor v

s�  , the 

shear viscosity for the solid phase and the strain rate tensor, sD  are  given by  
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Similarity to the functions typically used in plastic flow theories, an arbitrary function that 
allows a certain amount of compressibility in the solid phase represents the solid 
pressure term for plastic flow regime: *PP s

p
s ��                                                     (13) 

where *P is represented by an empirical power law  10*25* )(10 ggP �� ��                    (14) 

A solids stress tensor based on the critical state theory is 
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$ is the angle of internal friction, and DI2 is the second invariant of the deviatoric stress 
tensor [15, 20].  
The granular temperature )(#  of solid phase as an order of solid fluctuation is defined as 
one-third of the mean square velocity of particles random motion. Therefore granular 
energy is defined as the specific energy of solid particles fluctuation.  In this work the 
following algebraic granular temperature equation was used with the assumptions that 
the granular energy is dissipated locally, the convection and diffusion contributions are 
negligible and retaining only the generation and dissipation terms [11, 14]. 
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where sD is the solids strain rate tensor, and with the abbreviations : 
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When using this algebraic equation in stead of solving the balance for the granular 
temperature, much faster convergence is obtained during simulations [13,14]. ssog , is the 

radial distribution function that  for one solids phase [8, 22], where sse is the coefficient 

of restitution for particle collisions.  
                                                                                                                                                    
2.2. Initial and boundary conditions 
The initial values of the variables for all the fields ),,,( sgsg vv��  are specified for the entire 

computational domain. Initially, solid particle velocity was set at zero (in minimum 
fluidization), and gas velocity was assumed to have the same value everywhere in the 
bed. At the inlet, all velocities and volume fraction of all phases were specified. Outlet 
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boundary condition was out flow and was assumed to be fully developed flow. Table 1 
shows values of model parameters that used in the simulations. The other variables were 
subject to the Newmann boundary condition. The gas tangential normal velocities on the 
wall were set to zero (no slip condition). The normal velocity of the particles was also set 
at zero. The following boundary equations apply for the tangential velocity and granular 
temperature of particles at the wall [25-28] 
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The general boundary condition for granular temperature at the wall takes the form 
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Here wsv ,  is the particle slip velocity, wsse , is the restitution coefficient at the wall and 

max,s� is the volume fraction for the particles at maximum packing [11,15,28]   
 

Table.1. Values of model parameters that used in the simulations  and experiments. 
 

Description                               Value                       Comment
 

Solids density , 
s
                       2500 kg/m3              Glass beads 

Gas density, g
                          1.225 kg/m3             Air at inlet temperature 

Mean particle diameter sd            175, 275, 375� m      Uniform distribution                     

Coefficient of restitution, sse          0.9                          Fixed value 

Maximum solids packing, max�      0.61                         Syamlal et al. (1989)  

Angle of internal friction, $          30o                          Johnson and Jackson(1987)  
Initial solid packing                    0.6                           Fixed value 
Fluidized bed diameter               25 cm                       Fixed value 
Fluidized bed height                  100 cm                      Fixed value 
Initial static bed height              20, 30, 40 cm            Specified 
Superficial gas velocity               38 cm/s                    Fixed value 
Inlet boundary conditions           Velocity                     Superficial gas velocity 
Outlet boundary conditions         Out flow                    Fully developed flow 
Time steps                                0.001 s                     Specified 
Maximum number of iterations    20                            Specified 
Convergence criteria                  10-3                          Specified 

2.3. CFD simulation and computation solution 

The governing equations were solved using the finite volume approach. The 2D 
computational domain was discretized by 8600 rectangular cells. A time step of 0.001 s 
with 20 iterations per time step and 10�3 convergence criterion was chosen. This 
iteration was adequate to achieve convergence for the majority of time steps. The 
calculation domain is divided into a finite number of control volumes. Volume fraction, 
density and turbulent kinetic energy are stored at the main grid points that are placed in 
the center of each control volume. A staggered grid arrangement is used and the velocity 
components are solved at the control volume surfaces. To speed up the simulation, the 
semi-implicit method for pressure linked equations (SIMPLE) scheme and automatic 
time-step adjustment are used. For all simulations reported here, a second-order spatial 
discretization method was used to improve the accuracy of the simulations [3,4, 28].  
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3. RESULTS AND DISSCUSION

Simulation results were compared with the experimental data in order to validate the 
model. Pressure drop was measured experimentally for three sizes of solid particle and 
compared with those predicted by CFD simulation. As indicated in Figures 2, the bed 
overall pressure drop decreased significantly at the beginning of fluidization and then 
fluctuated around a near steady-state value after about 3.5 s. Pressure drop fluctuations 
are expected as bubbles continuously split and coalesce in a transient manner in the 
fluidized bed. The results of Figure 2 (Left) show with increasing the particles size, 
pressure drop increase. Comparison of the model predictions, using the Syamlal–O’Brien 
drag functions, and experimental measurements on pressure drop show good agreement 
for most operating conditions. These results (for ds=0.275 mm) are the same with 
Tagipour et al. [8] and Behjat et al. [11] results. 
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Figure 2. Comparison of experimental and simulation bed pressure drop (P1-P2) at different time 
(Left) and at different solid particle sizes (Right). 

Comparison of experimental and simulated bed pressure drop (Pressure difference 
between two positions, P1-P2 and P1-P3) for two different particle sizes, ds=0.175 mm 
and ds=0.375 mm, at different superficial gas velocity are shown in Figure 2 (Left) and 
Figure 3 (Left). Pressure transducers positions (P1, P2, P3) also were shown in Figure 1 
(B). The simulation and experimental results show better agreement at velocities above 
Umf. The discrepancy for U < Umf  may be attributed to the solids not being fluidized, thus 
being dominated by inter particle frictional forces, which are not predicted by the multi 
fluid model for simulating gas-solid phases. 
These figures show that with increasing gas velocity, initially the pressure drops (P1-P2 
and P1-P3) increase, but the rate of increase for (P1-P3) is larger than for (P1-P2).  As 
indicated in Figure 3 (Right) the bed overall pressure drop decreased significantly at the 
beginning of fluidization and then fluctuated around a near steady-state value after about 
4 s. This trend is perhaps due to the expansion of the bed and the decrease in the 
amount of solids between ports 1 and 2. As the gas velocity increases further, the wall 
shear stress increases and the pressure drop begins to increase.   Ports 1 and 3 cover 
the entire height of the dense bed in the column, and thus (P1-P3) increases with gas 
velocity. Pressure drop fluctuations are expected as bubbles continuously split and 
coalesce in a transient manner in the fluidized bed.  
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Comparison of experimental and simulated bed pressure drop for two different initial bed 
height, Hs=30, Hs=40 cm, at different superficial gas velocity are shown in Figure 3 
(Right). The results show with increasing the initial static bed height and gas velocity, 
pressure drop (P1-P2 and P1-P3) increase but the rate of increasing for (P1-P3) is larger 
than (P1-P2). Comparison of the model predictions and experimental measurements on 
pressure drop (for both cases) show good agreement at different gas velocity. 

 
Figure 3. Comparison of experimental and simulated bed pressure drop at different gas velocity, 
particle sizes and static bed height. 

The results show with increasing the initial static bed height, pressure drop increase 
because of increasing the amount of particle, interaction between particle-particle and 
gas-particle. The results show with increasing the particle size, gas velocity and initial 
static bed height pressure drop (P1-P2 and P1-P3) increases. Comparison of the model 
predictions and experimental measurements on pressure drop (for both cases) show 
good agreement at different gas velocity. 

 
Figure 4. Comparison of experiment and simulated void fraction and bubbles for three particle sizes 
and three different times.  

The contour plots of solids fraction shown in Figure 4 indicate similarities between the 
experimental and simulations for three particle sizes and at three different times. The 
results show that the bubbles at the bottom of the bed are relatively small. The 
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experiments indicated small bubbles near the bottom of the bed; the bubbles grow as 
they rise to the top surface with coalescence. The increase in bed expansion and 
variation of the fluid-bed voidage can be observed. At the start of the simulation, waves 
of voidage are created, which travel through the bed and subsequently break to form 
bubbles as the simulation progresses. Initially, the bed height increased with bubble 
formation until it leveled off at a steady-state bed height.  The observed axisymmetry 
gave way to chaotic transient generation of bubble formation after 1.5 s.  The bubbles 
coalesce as they move upwards producing bigger bubbles. The bubbles become stretched 
as a result of bed wall effects and interactions with other bubbles. The elongation of the 
bubbles is due to wall effects and interaction with other bubbles. Syamlal–O'Brien drag 
model provided similar qualitative flow patterns. The size of the bubbles predicted by the 
CFD models are in general similar to those observed experimentally.  
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Figure 5. Comparison of experimental and simulated bed expansion ratio for different solid particle 
sizes (Left) and for different initial static bed height (Right). 

Any discrepancy could be due to the effect of the gas distributor, which was not 
considered in the CFD modeling of fluid bed. In practice, jet penetration and 
hydrodynamics near the distributor are significantly affected by the distributor design. 
Time-averaged bed expansions as a function of superficial velocities are compared in 
Figure 5 (Left). This figure shows that the model predicts the correct increasing trend of 
the bed height with the increase of superficial gas velocity. All cases demonstrate a 
consistent increase in bed expansion with gas velocity and predict the bed expansion 
reasonably well.  There are, however, some deviations under predict the experimental 
values. This figure shows that with increasing the particles sizes, bed expansion ratio 
decreases. On the other hand, for the same gas velocity, bed expansion ratio is lager for 
smaller particles.  
The experimental data of time-average bed expansion ratio were compared with 
corresponding values predicted for various velocities as depicted in Figure 5 (Right) The 
time-average bed expansion ratio error between CFD simulation results and the 
experimental data for two different initial bed height, Hs=30, Hs=40 cm, are 6.7% and 
8.7% respectively. Both cases demonstrate a consistent increase in bed expansion with 
gas velocity and predict the bed expansion reasonably well. It can be seen that Syamlal–
O'Brien drag function gives a good prediction in terms of bed expansion and also, 
Syamlal–O'Brien drag law able to predict the minimum fluidization conditions correctly. 

1

1.2

1.4

1.6

1.8

2

0 10 20 30 40 50 60 70 80

Gas velocity (Vg) cm/s

H
/H

0

Hs=40 cm (Simulation)

Hs=40 cm (Experimental) 

Hs=30 cm (Simulation)

Hs= 30 cm (Experimental)

EPJ Web of Conferences

02005-p.10



4. CONCLUSION 

In this research, unsteady state hydrodynamics in a gas–solid fluidized bed chamber has 
been investigated. Preliminary investigation of multiphase flow models revealed that 
Eulerian-Eulerian model is suitable for modeling of industrial fluidized bed chambers. The 
model includes continuity equations and momentum equations for both phases and the 
equations for granular temperature of solid particles. A suitable numerical method that 
employs finite volume method has been applied to discritize the equations. Simulation 
results also indicated that small bubbles were produced at the bottom of the bed. These 
bubbles collided with each other as they moved upwards forming larger bubbles. In order 
to validate the model, an experimental setup was fabricated and a series of tests were 
performed.  The predicted bed expansion ratio and pressure drop were compared with 
corresponding values of experimentally measured data. The modeling predictions 
compared reasonably well with experimental bed expansion ratio measurements and 
qualitative gas–solid flow patterns. Pressure drops predicted by the simulations were in 
relatively close agreement with the experimental measurements for gas velocities higher 
than the minimum fluidization velocity. Furthermore, comparison between experimental 
and computational simulation showed that the model can predict the hydrodynamic 
behavior of a fluidized bed chamber reasonably well. Extension of the present simulation 
to the three-dimensional (3D) gas-solid flows with heat transfer is left for a future work. 
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